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S.1. Process modeling 

S.1.1. Direct air CO2 capture (DACC) 

We developed our DACC plant model in Aspen Plus using modeling and flow rate informa<on 

from several of Carbon Engineering’s publica<ons1–3 as well as from other researchers4,5 who 

aBempted to model the hydroxide-based DACC plant. Our model leverages the Electrolyte Non-

Random Two-Liquid (ELECNRTL) thermodynamic model to account for like-ion repulsion and 

electroneutrality.6 Following Keith et al.’s method,1 we added the ASPENPCD, AQUEOUS, 

INORGANIC, PURE26, and SOLIDS databanks to the ELECNRTL default databanks.  

To begin, we modeled the air contactor using a built-in rate-based RADFRAC model, opera<ng 

at 25 ̊C and  1 atm. The modeling specifica<ons, flow rates, and frac<ons are shown in Tables S.1, 

S.2, and S.3, respec<vely. We chose a packing height and diameter of 8.3 m and 4.0 m, 

respec<vely, similar to the op<mized air travel distance (7 m) and diameter (5 m) of Carbon 

Engineering’s air contactor design.1 The difference in height and diameter most likely comes from 

the different flow configura<ons; our RADFRAC unit assumes a counter-flow configura<on 

whereas the CE air contactor operates in a cross-flow mode. We addi<onally accounted for 

pressure drop through the contactor by adding a pressure drop of 127.515 Pa, corresponding to 

the calculated pressure drop using data from Carbon Engineering.1,2 Moreover, we aBached two 

kine<c and two equilibrium reac<ons (Eqs. S.1–S.4) to the air contactor model along with their 

pre-exponen<al factors and ac<va<on energies (see Table S.4 for kine<c data and Table S.5 for 

equilibrium data) to simulate the CO2 capture process using hydroxides. We chose a standard 

MELLAPAK Sulzer 250X column packing and changed its specific surface area (SSA) to be 

equivalent to that of Brentwood XF12560 packing (i.e., 210 m2/m3)(1). The choice of packing was 

mo<vated by Heidel et al.’s3 study that demonstrates the similar capture behavior of the two 

men<oned packings. Our modular air contactor model was designed to capture 633 t-CO2/yr, 

consistent with the es<mate given by Keith and colleagues (i.e. 160 units can capture about 100 

kt-CO2/yr).1 Consequently, we were able to use it for any capture amount needed.  

(S.1)    2𝐻!𝑂 ↔ 𝐻"𝑂# + 𝑂𝐻$																															(𝐸𝑞𝑢𝑖𝑙𝑖𝑏𝑟𝑖𝑢𝑚) 

(S.2)     𝐶𝑂! + 𝑂𝐻$ → 𝐻𝐶𝑂"$																																							(𝐾𝑖𝑛𝑒𝑡𝑖𝑐) 

(S.3)     𝐻𝐶𝑂"$ → 𝐶𝑂! + 𝑂𝐻$																																							(𝐾𝑖𝑛𝑒𝑡𝑖𝑐) 
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(S.4)         𝐻𝐶𝑂"$ + 𝐻!𝑂 ↔ 𝐶𝑂"!$ + 𝐻"𝑂#																								(𝐸𝑞𝑢𝑖𝑙𝑖𝑏𝑟𝑖𝑢𝑚) 

 

Table S.1. Modeling specifica/ons. 

RADFRAC Specifications 

Number of Stages 16 

Calculation Type Rate-Based 

Condenser? No 

Reboiler? No 

Valid Phases Vapor-Liquid 

Convergence Type Standard 

Pressure Drop 127.515 Pa 

Liquid and Gas Feed 

Temperature 
21 ˚C 

Operating Liquid and Gas 

Feed Pressure 
1 atm 

Liquid Feed Stage 16, On-Stage 

Air Feed Stage 1, On-Stage 

Stage 1 Pressure 1 atm 

Column Specifications 

Starting Stage 1 

Ending Stage 16 

Mode Rating 

Internal Type Packed 

Packing Type MELLAPAK 
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Vendor Sulzer 

Material Standard 

Dimensions 250X 

Section Packed Height 7 m 

Diameter 5.642 m 

Design Specification 

Mass Recovery Ratio 0.255 

Vary Parameter 

Air Feed Rate 21,000 – 25,000 kmol/hr 

Reaction Specifications 

Reactions Included Equations (S.1) – (S.4) 

Starting Stage 1 

Ending Stage 16 

Residence Time 0.001 sec 

 

Table S.2. Mass and mole flow rates. 

Stream Mass Flow Rate (kg/hr) Molar Flow Rate (kmol/hr) 

Air Inlet 674,000 23,496.2 

Sorbent Inlet 12,400 650.745 

Liquid Product 674,953 23,559 

Depleted Air 11,447 581.109 

 

Table S.3. Mass and mole frac/ons. 

Component Air Inlet Sorbent Inlet Liquid Product Depleted Air 

CO2 0.0006 1.165E-14 0.000152 2.487E-08 
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H2O 0.0098 0.8872 0.0116 0.8602 

K+ 0 0.0712 0 0.0771 

CO3
2– 0 0.0246 0 0.0557 

O2 0.23 0 0.2297 6.134E-06 

N2 0.7596 0 0.7585 1.018E-05 

HCO3
– 0 2.653E-06 0 0.00694 

H3O+ 0 1.588E-16 0 5.293E-14 

OH– 0 0.0170 0 2.361E-05 

KOH 0 0 0 0 

K2CO3 0 0 0 0 

KHCO3
 0 0 0 0 

 

Table S.4. Kine/c data. 

Reaction k n Eactivation (kJ/mol) Notes Reference 

(S.2) 4.20 • 1013 0 55.385 
T-Range: 0 – 40 ˚C 

Pinsent et 

al.(7) (S.3) 2.38 • 1017 0 123.22 

 

Table S.5. Equilibrium data. 

Reaction A B C D Notes Reference 

(S.1) 140.932 -13445.9 -22.4773 0 
T-Range: 0 – 225 ˚C 

Edwards et 

al.(8) (S.4) 220.067 -12431.7 -35.4819 0 

 

We also modeled the pellet reactor, slaker, and calciner in Aspen Plus to create an integrated 

DACC process. We used built-in stoichiometric reactors (i.e., RStoic) that assume the absence of 

kine<c limita<ons and require reac<on informa<on along with a frac<onal conversion percentage 

for each. We defined Eqs. 2 and 3, in the main text, to be the only ac<ve reac<ons inside the 

pellet reactor and slaker, respec<vely, with frac<onal conversions of 90% of Ca(OH)2 and 85% of 
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CaO, as provided by Keith and colleagues.1 Finally, we considered the calcina<on of 98% of CaCO3 

and the combus<on of 100% of CH4 in the calciner unit.  

In addi<on to the major DACC equipment, the present model considers quicklime mixing, 

power genera<on using a Heat Recovery Steam Genera<on (HRSG) setup, and some downstream 

processing. The quicklime mixing is modeled using a stoichiometric reactor (RStoic) to allow for 

the remaining CaO to convert fully into Ca(OH)2. Power genera<on was modeled using a Gibbs 

reactor (RGibbs) to simulate the combus<on of methane before supplying the heat into an HRSG 

unit, which was modeled using a heat exchanger (MHeatX). Finally, downstream processing is 

dependent on the condi<ons required for storage or u<liza<on. To reproduce Keith et al.’s 

results,1 we consider downstream processing to include dehydra<on as well as mul<-stage 

compression to 150 bar with in-between stage coolers. However, for integra<on with RWGS or 

CO2ER, we consider downstream processing to include a dehydra<on step followed by a cooling 

step. Further informa<on about the model can be found in the SI.  

 

S.1.2. Reverse water gas shi: (RWGS) 

The referenced RWGS model was built in Aspen Plus by Rezaei and Dzuryk.9 They were able 

to feed in a mixture of CO2 and H2 at an H2:CO2 molar ra<o of 2.85 to a fired heater (RWGS reactor) 

at 945  ̊C and 4.1 bar, achieving a CO2 molar conversion of about 77%. The gaseous outlet is then 

fed to an amine-based CO2 absorp<on process, in which CO2 is captured using a 

monoethanolamine (MEA) liquid solvent. The products are finally compressed, dehydrated, and 

heated to have a final temperature and pressure of 200 ̊ C and 30 bar, respec<vely. The produc<on 

rate was calculated to be 22,575.6 kmol-syngas/hr (equivalent to 2.12 Mt-syngas/yr for 100% 

plant u<liza<on) and the molar ra<o of syngas was set to 2. The reported equipment du<es, 

annual CAPEX, and steam u<lity costs were referenced in this study to es<mate the 2021-

extrapolated annual CAPEX, OPEX, and total syngas cost of the DACC-PEMWE-RWGS pathway. It 

is worth no<ng that no new modeling results were obtained for the RWGS because it was used 

as developed by the authors. 

Equa<ons S.5 – S.10 show the Saba<er and carbon forma<on side reac<ons: 

(S.5)      𝐶𝑂 + 3𝐻! ↔ 𝐶𝐻% + 𝐻!𝑂																								Δ𝐻!&'() = −206.5 *+
,)-

 10 
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(S.6)   𝐶𝑂! + 3𝐻! ↔ 𝐶𝐻% + 2𝐻!𝑂																						Δ𝐻!&'() = −165.0 *+
,)-

 10 

(S.7)    2𝐶𝑂 + 2𝐻! ↔ 𝐶𝑂! + 𝐶𝐻%																												Δ𝐻!&'() = −247 *+
,)-

 11 

(S.8)     𝐶𝐻% ↔ 𝐶 + 2𝐻!																																	Δ𝐻!&'() = −75 *+
,)-

 11  

(S.9)    2𝐶𝑂 ↔ 𝐶𝑂! + 𝐶																													Δ𝐻!&'() = −172.5 *+
,)-

 12 

(S.10)   		𝐶𝑂! + 2𝐻! ↔ 𝐶 + 2𝐻!𝑂																									Δ𝐻!&'() = −178.3 *+
,)-

 12 

 

S.1.3. Electrolysis model 

Our electrolysis model rigorously performs mass and energy balances of a referenced system 

to es<mate the produc<on rate of our product and the total current needed for electrolysis (Eq. 

S.11). The electrolyzer area is taken from a reference study and scaled up to produce the needed 

produc<on rate. This informa<on is then used to es<mate the current density (Eq. S.12), rela<ng 

the total produc<on rate to the current density of our system. Following that, we implement the 

famous Butler-Volmer equa<on (Eq. S.13) to correlate the current density to the cell voltage, 

allowing for more accurate es<mates of the total product cost in the sensi<vity analysis. However, 

before using this equa<on, we need empirical values of the exchange current density (𝑗./,1), the 

charge transfer coefficient (𝛼), and the ac<va<on overpoten<al (𝜂23). The first two can be taken 

from an experimental reference study. The ac<va<on overpoten<al can be es<mated from the 

total cell voltage (𝑉3.--), the thermoneutral cell voltage (𝑉45), and the ohmic overpoten<al of 

membrane (𝜂)6,73,,.,8), electrolyte (𝜂)6,73,.-.349)-:4.), and bubbles (𝜂)6,73,8;88-.). Equa<ons 

S.14 and S.15 can be used to calculate the thermoneutral cell voltage and es<mate the ohmic 

overpoten<als, respec<vely. 𝐹 is Faraday’s constant, which is equal to 96,485 𝐴 • ,)-
<

, 𝑋7  is the 

thickness of element 𝑖 in meters, and 𝜅7  is the electrical conduc<vity of element 𝑖 in S/m. 𝑖 refers 

to membrane or electrolyte in our case. Equa<on S.16 can be used to es<mate 𝜂23, assuming 

some value of 𝜂)6,73,8;88-.. For further informa<on of how we es<mate the bubble 

overpoten<al, please refer to the next paragraph. From here, we are able to es<mate the 

electrolyzer power consump<on (Eq. S.17) and the total electricity consump<on of the pressure 

swing adsorp<on (PSA) separa<on (Eq. S.18). 𝐸=>?,9.@ is the reference electricity consump<on of 
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PSA in kWh/m3, 𝑉̇3246)A. is the volumetric flow rate of the gaseous cathodic products in m3/yr, 

and 𝐶.-  is the electricity price in $/kWh. In addi<on to all of these features, our model is able to 

consider CO2 losses due to (bi)carbonates that can cross over to the anode side as carbonates. 

Those are ideally measured experimentally and inpuBed into the model as loss percentages. 

(S.11) 𝐼4)4 = O ,̇!"
CD!"

• 𝑧.#,EF +
,̇$%
CD$%

• 𝑧.#,G%Q •
H

"I11
 

(S.12) 𝑗4)4 =
J&'&

?()(*&+',(
 

(S.13) 𝑗4)4 = 𝑗./,1 Rexp V
K•M•H•N-*

OP
W − exp V$(R$K)•M•H•N-*

OP
WX 

(S.14) 𝑉45 =
TG+./
5H

 

(S.15) 𝜂)6,73,7 = 𝑋7
U&'&
V0

 

(S.16) 𝜂23 = 𝑉3.-- − 𝑉45 − 𝜂)6,73,7 − 𝜂)6,73,8;88-.  

(S.17) 𝑃 = 𝐼4)4 • 𝑉3.--  

(S.18) 𝐸=>? = 𝐸=>?,9.@ • 𝐶.- • 𝑉̇3246)A. 

As men<oned above, arer es<ma<ng the ohmic overpoten<al of the membrane and 

electrolyte, we use them in Eq. S.16 to es<mate the ac<va<on overpoten<al. However, the total 

current density, 𝑗4)4, would result in a different value than the expected one, which is 612 mA/cm2 

in our case. Thus, we use 𝜂)6,73,8;88-.  as a tuning knob to allow for 𝑗4)4 to be equal to our 

expected current density, 612 mA/cm2. Thus, we find the ohmic overpoten<al of the bubble to 

be approximately 0.1014 V. To complete the calcula<ons, we use the following values to es<mate 

the total current density using Equa<ons S.13, S.14, S.15, and S.16: 

• 𝑉3.--  = 3.3 V 13 

• 𝑉45 = 1.47 V 

• 𝑋.-.349)-:4. = 1 mm 13 

• 𝜅.-.349)-:4. = 7.2 S/m 

• 𝑋,.,8925. = 25 µm 13 

• 𝜅,.,8925. = 7.8 S/m 14 

• 𝑗4)4 = 612 mA/cm2 (only used in Eq. S.15, and calculated using equation S.13) 

• 𝛼 = 0.201 15 
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• 𝑧 = 2 (mol-e–/mol-CO) 

• 𝑅 = 8.314 J/(K•mol-CO) 

• 𝑇 = 298.15 K 

• 𝑗./,1 = 0.000842 mA/cm2 15 

• 𝜂)6,73,8;88-.  = 0.1014 V 

 

S.1.4. Steam methane reforming (SMR) 

The referenced SMR process model assumes pure CH4 and H2O inlets of 3,160 kmol-CH4/hr and 

9,480 kmol-H2O/hr, respec<vely.9 The model includes a fired heater as well as an absorber and a 

regenerator to remove CO2 from the H2 product stream. The captured CO2 can either be recycled 

to the RWGS reactor (when integrated with RWGS) or emiBed to the atmosphere. We consider 

both scenarios in the main text.  

At the modeled scale, the SMR plant is able to produce 19,665 kg-H2/hr whereas the RWGS 

reactor requires 45,397 kg-H2/hr. Thus, we linearly scaled up the SMR model by a factor of 2.3 to 

reach the needed scale for the purposes of our work. Addi<onally, it is worth no<ng that the 

outlet temperature and pressure of H2 in the modeled SMR process are not iden<cal to the inlet 

condi<ons of H2 in the RWGS plant. However, this fact does not change the conclusions of our 

presented work as we include the carbon efficiency, energy consump<on and cost, and marginal 

energy-associated CO2 emissions in our assessment of DACC-SMR-RWGS and exclude the 

economic metrics. In other words, adding a turbine and a cooler would only increase the energy 

consump<on and cost of DACC-SMR-RWGS, which would not change the outcome of our work. 

 

S.2. Techno-economic assessment (TEA) 

The TEA presented here generally follows the method given by Towler and Sinnot.16 The total 

product cost per mass (TPCproduct) is simply the summa<on of the annual capital and opera<onal 

costs divided by the mass flow rate of the product in kg/yr, Eq. S.19. The following subsec<ons 

summarize the capital and opera<onal cost calcula<ons and assump<ons. 

(S.19) 𝑇𝑃𝐶W9)A;34 =
E?=XY-//1-)	#		F=XY-//1-)

,̇2+',1*&
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S.2.1. Capital costs 

The purchased equipment cost (PEC) can be es<mated using two methods: the bare-module and 

the Lang-factor methods. The former references an older cost es<mate (PECold) of the same 

equipment, a sizing parameter (Sold), and a scaling factor (n) and requires a new sizing parameter 

(Snew) to be known, as shown in Eq. S.20. The laBer method uses two constants (a and b), a new 

sizing parameter (Snew), and a scaling factor (n), Eq. S.21. Both methods are capable of es<ma<ng 

the PEC of an equipment, but the method of choice will depend on the cost informa<on 

availability and source. For H2O and CO2 electrolyzers, the rigorous es<mate of a future 

centralized PEM water electrolyzer given by the H2A produc<on model ($233/kWh)17 was used 

because it is considered the state-of-the-art es<mate today.18,19 Although several researchers20–

22 have aBempted to es<mate the CO2 electrolyzer CAPEX per m2 using different methods, their 

very wide cost range of $960-12,000/m2 indicates the existence of high uncertainty. We 

acknowledge that this area needs further studies and thus s<ck with the future es<mate of the 

state-of-the-art H2O electrolyzer CAPEX for both H2O and CO2 electrolyzers here. As a comparison, 

however, the capital costs of H2O electrolyzers and CO2 electrolyzers are equivalent to $8,877/m2 

and $4,713/m2, respec<vely, which fall within the wide range men<oned above. 

(S.20) 𝑃𝐸𝐶 = 𝑃𝐸𝐶)-A V
>/(3
>'),

W
5

 

(S.21) 𝑃𝐸𝐶 = 𝑎 + 𝑏𝑆5.[5  

The installed equipment cost (IEC) was calculated by mul<plying an appropriate installa<on factor 

(finstalla+on) by the respec<ve PEC using Eq. S.22. Table S.6 summarizes a full list of installa<on 

factors used in this study and for details on which PEC equa<on is used for which equipment. 

Further, extrapola<on to 2021 costs was performed using the chemical engineering plant cost 

index (CEPCI), as shown by Eq. S.23, in which IECold, IEC2021, CEPCIold, and CEPCI2021 are the IEC in 

the older year, IEC in 2021, CEPCI of the older year, and CEPCI of 2021, respec<vely. We use a 

value of 708 for CEPCI2021.  

(S.22) 𝐼𝐸𝐶)-A = 𝑓75<42--247)5 • 𝑃𝐸𝐶 

(S.23) 𝐼𝐸𝐶!1!R = 𝐼𝐸𝐶)-A • V
EX=EJ%4%5
EX=EJ'),

W 
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Table S.6. Installa/on factors used in the present study. 

Equipment Installation Factor 

Centrifugal fans 1.4 

PVC packing 3.2 

Pump 4 

Crystallizer (pellet reactor) 2.2 

Furnace (calciner) 2.5 

Fluidized-bed dryer (slaker) 2.2 

H2O/CO2 electrolyzer 1.2 

Catalyst/membrane 1.2 

Pressure swing adsorber 2.5 

 

The inside baBery limit (ISBL) cost is simply the summa<on of all 2021 IECs, Eq. S.24. From the 

ISBL, an es<mate of the OSBL, engineering, and con<ngency costs can be generated. The OSBL 

was assumed to be 40% of the ISBL, consistent with typical ini<al es<mates of new petrochemical 

plants.16 The engineering and con<ngency costs were assumed to be 10% and 30% of the 

summa<on of ISBL and OSBL, respec<vely.16 Finally, the fixed capital investment (FCI) or the 

capital expenditures (CAPEX) is the summa<on of ISBL, OSBL, engineering, and con<ngency costs, 

as shown by Eq. S.25. Adding 15% of the summa<on of ISBL and OSBL as the working capital (WC) 

would give the total FCI (TFCI). To annualize the TFCI or the FCI, a mul<plica<on factor called the 

capital recovery factor (CRF) is used, Eq. S.26 and S.27. In Eq. S.26, 𝑖 is the interest rate and 𝑡 is 

the plant life<me. 

(S.24) 𝐼𝑆𝐵𝐿 = ∑ 𝐼𝐸𝐶7  

(S.25) 𝐹𝐶𝐼 = 𝐶𝐴𝑃𝐸𝑋 = 𝐼𝑆𝐵𝐿 + 𝑂𝑆𝐵𝐿 + 𝐸𝑛𝑔𝑖𝑛𝑒𝑒𝑟𝑖𝑛𝑔 + 𝐶𝑜𝑛𝑡𝑖𝑛𝑔𝑒𝑛𝑐𝑦 

(S.26) 𝐶𝑅𝐹 = 7(R#7)&

[(R#7)&$R]
 

(S.27) 𝐴𝑛𝑛𝑢𝑎𝑙	𝐶𝐴𝑃𝐸𝑋 = 𝐶𝐴𝑃𝐸𝑋 • 𝐶𝑅𝐹 

In the present work, the interest rate is assumed to be 7% for DACC and RWGS, and 10.1% for 

PEMWE and CO2ER. The life<me is assumed to be 25 years for DACC and RWGS, and 11 years for 

PEMWE and CO2ER. The higher interest rates and lower life<mes for electrolysis systems are 



 13 

consistent with the 2020 H2A produc<on model for a future central PEM electrolysis system.17 

Similarly, the lower interest rates and higher life<mes of DACC and RWGS are consistent with 

literature assump<ons.1,9 For all processes, the plant u<liza<on rate is assumed to be 90%, 

meaning that the plants operate 328.5 days at 24 hrs/day in a year. 

 

S.2.2. OperaHonal costs 

The considered fixed opera<onal costs (OPEXfixed) here consist of opera<ng labor, supervision, 

direct salary overhead, maintenance, property taxes and insurance, rent of land, general plant 

overhead, and environmental charges, consistent with the method used by Towler and Sinnot.16 

Table S.7 reports the assump<ons made for es<ma<ng each component of the OPEXfixed. The 

variable OPEX (OPEXvar) consists of raw materials, u<li<es, and any consumable (e.g., catalysts). 

Table S.8 summarizes the prices used for es<ma<ng these cost components. The costs of natural 

gas and renewable electricity are assumed to be constant at $5.03/GJ and $45/MWh, 

respec<vely. It is worth no<ng, however, that the $45/MWh represents a rough average for solar 

photovoltaic (PV) electricity. Finally, the total OPEXannual is the sum of OPEXfixed and OPEXvar, Eq. 

S.28. 

(S.28) 𝑂𝑃𝐸𝑋255;2- = 𝑂𝑃𝐸𝑋@7/.A + 𝑂𝑃𝐸𝑋^29  

 

Table S.7. Assump/ons of each opera/onal cost component. 

Component Percentage of 

Supervision 25% Operating labor 

Direct salary overhead 50% (Operating labor + Supervision) 

Maintenance 3% ISBL 

Property taxes & insurance 1% ISBL 

Rent of land 1% (ISBL + OSBL) 

General plant overhead 50% (labor + maintenance)  

Allocated environmental charges 1% (ISBL + OSBL) 
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Table S.8. Prices of components used in the techno-economic calcula/ons. 

Component Price Source/Notes 

KOH ($/t) 450 

Price of caustic potash in 

the U.S. in December of 

2020 based on data from 

ChemAnalyst23 

CaCO3 ($/t) 7 
Back calculated from 

discussion in Keith et al.1  

H2O ($/t) 0.1 Keith et al.1  

HCl ($/t) 84.77 

Average 1-yr price in 2017-

2018 based on data from 

Intratec24 

Electricity ($/MWh) 45 

Rough average considering 

$30/MWh and $60/MWh 

are the minimum and 

maximum possible prices 

Natural gas ($/GJ) 4.52 
(2050 price) in the 2023 

U.S. EIA annual energy 
outlook report25 

 

S.3. Mass flow rates and frac@ons of major DACC equipment 

Tables S.9 – S.12 summarize the stream total mass flow rates and the component mass 

frac<ons of major equipment (i.e., air contactor, pellet reactor, calciner, and slaker) from our 1 

Mt-CO2/yr model. Similar calcula<ons were performed for the scaled up versions that were 

integrated with CO2 electrolysis and RWGS, which are shown in Tables S.13 – S.16 and Tables S.17 

– S.20, respec<vely.  
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1 Mt-CO2 DACC plant: 

Table S.9. Mass flow rate and frac/on informa/on of the modeled air contactor units for the 1 Mt-CO2/yr 
plant. 

 Inlet Air Inlet Solvent Outlet Air Outlet Solvent 

𝑚̇4)4 [t/hr] 251,000.0 5,468.9 251,360.8 5,108.1 

CO2 0.000600  0.000160 0.000001 

H2O 0.009800 0.884299 0.011661 0.844938 

K+  0.071632  0.076691 

CO3
2–  0.029788   

O2 0.230000 0.000001 0.229670 0.000004 

N2 0.759600 0.000002 0.758510 0.000007 

HCO3
–  0.000004  0.062385 

H3O+     

OH–  0.014274  0.015972 

KOH     

K2CO3     

KHCO3     

Ca2+     

Ca(OH)2     

CaCO3     

CaO     

CH4     

C2H6     

CaOH+     
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Table S.10. Mass flow rate and frac/on informa/on of the modeled pellet reactors for the 1 Mt-CO2/yr plant. 

 Cap. Sol. 
CaCO3 

(cal.) 

CaCO3 

(rec.) 

CaCO3 

(mkup) 
Ca(OH)2 Liq. Rec. 

CaCO3 

out 
Liq. Out 

𝑚̇4)4 

[t/hr] 
34,787.9 6.0 4.7 3.6 802.0 170,512.8 277.6 205,377.7 

CO2         

H2O 0.8842    0.7220 0.8804  0.8877 

K+ 0.0715    0.0038 0.0706  0.0706 

CO3
2– 0.0303       0.0249 

O2         

N2         

HCO3
–     0.0013 0.0254   

H3O+         

OH– 0.0139    0.1260 0.0236  0.0166 

KOH         

K2CO3 0.8842        

KHCO3 0.0716        

Ca2+ 0.0303    0.1469    

Ca(OH)2         

CaCO3  1.0000 1.0000 1.0000   1.000 0.0002 

CaO         

CH4         

C2H6 0.01393        

CaOH+         
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Table S.11. Mass flow rate and frac/on informa/on of the modeled calciners for the 1 Mt-CO2/yr plant. 

 CaCO3 in CaCO3 fines CH4 O2/N2 Solids out Gases out 

𝑚̇4)4 [t/hr] 227.6 22.6 12.8 55.4 170.8 197.5 

CO2      0.832039 

H2O      0.144985 

K+       

CO3
2–       

O2    0.956000  0.010634 

N2    0.044000  0.012342 

HCO3
–       

H3O+       

OH–       

KOH       

K2CO3       

KHCO3       

Ca2+       

Ca(OH)2       

CaCO3 1.000000 1.000000   0.035144  

CaO     0.964856  

CH4   1.000000    

C2H6       

CaOH+       
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Table S.12. Mass flow rate and frac/on informa/on of the modeled slakers for the 1 Mt-CO2/yr plant. 

 CaO in H2O H2O wash Recycled Ca(OH)2 

𝑚̇4)4 [t/hr] 164.8 70.2 567.0 802.0 

CO2   0.000001  

H2O  0.999994 0.990877 0.722017 

K+   0.005443 0.003848 

CO3
2–     

O2     

N2     

HCO3
–   0.001819 0.001287 

H3O+  0.000003   

OH–  0.000003 0.001861 0.125975 

KOH     

K2CO3     

KHCO3     

Ca2+    0.146873 

Ca(OH)2     

CaCO3     

CaO 1.000000    

CH4     

C2H6     

CaOH+     
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DACC-RWGS plant: 

Table S.13. Mass flow rate and frac/on informa/on of the modeled air contactor units for the DACC plant that 
was integrated with RWGS. 

 Inlet Air Inlet Solvent Outlet Air Outlet Solvent 

𝑚̇4)4 [t/hr] 525,531.3 16,788.4 526,296.7 16,023.0 

CO2 0.000600  0.000139 0.000001 

H2O 0.009800 0.883743 0.011701 0.854033 

K+  0.072352  0.075808 

CO3
2–  0.028687   

O2 0.230000 0.000001 0.229665 0.000004 

N2 0.759600 0.000002 0.758495 0.000007 

HCO3
–  0.000004  0.051534 

H3O+    0.000000 

OH–  0.015212  0.018613 

KOH     

K2CO3     

KHCO3     

Ca2+     

Ca(OH)2     

CaCO3     

CaO     

CH4     

C2H6     

CaOH+     
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Table S.14. Mass flow rate and frac/on informa/on of the modeled pellet reactors for the DACC plant that 
was integrated with RWGS. 

 Cap. Sol. 
CaCO3 

(cal.) 

CaCO3 

(rec.) 

CaCO3 

(mkup) 
Ca(OH)2 Liq. Rec. 

CaCO3 

out 
Liq. Out 

𝑚̇4)4 

[t/hr] 
103,667.5 12.6 9.9 7.4 610.8 469,110.9 581.3 572,837.7 

CO2         

H2O 0.8837    0.2517 0.8775  0.8851 

K+ 0.0722    0.0011 0.0723  0.0723 

CO3
2– 0.0291       0.0256 

O2         

N2         

HCO3
–     0.0004 0.0260   

H3O+      0.0000   

OH– 0.0149    0.3431 0.0242  0.0169 

KOH         

K2CO3         

KHCO3         

Ca2+     0.4038    

Ca(OH)2         

CaCO3  1.0000 1.0000 1.0000   1.0000 0.0001 

CaO         

CH4         

C2H6         

CaOH+         
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Table S.15. Mass flow rate and frac/on informa/on of the modeled calciners for the DACC plant that was 
integrated with RWGS. 

 CaCO3 in CaCO3 fines CH4 O2/N2 Solids out Gases out 

𝑚̇4)4 [t/hr] 581.3 47.2 26.7 116.1 357.7 413.6 

CO2      0.8317 

H2O      0.1448 

K+       

CO3
2–       

O2    0.9560  0.0111 

N2    0.0440  0.0123 

HCO3
–       

H3O+       

OH–       

KOH       

K2CO3       

KHCO3       

Ca2+       

Ca(OH)2       

CaCO3 1.0000 1.0000   0.0351  

CaO     0.9649  

CH4   1.0000    

C2H6       

CaOH+       
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Table S.16. Mass flow rate and frac/on informa/on of the modeled slakers for the DACC plant that was 
integrated with RWGS. 

 CaO in H2O H2O wash Recycled Ca(OH)2 

𝑚̇4)4 [t/hr] 345.1 147.0 118.7 610.8 

CO2     

H2O  1.0000 0.9909 0.2517 

K+   0.0054 0.0011 

CO3
2–     

O2     

N2     

HCO3
–   0.0018 0.0004 

H3O+     

OH–   0.0019 0.3431 

KOH     

K2CO3     

KHCO3     

Ca2+    0.4038 

Ca(OH)2     

CaCO3     

CaO 1.0000    

CH4     

C2H6     

CaOH+     
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DACC-CO2ER plant: 

Table S.17. Mass flow rate and frac/on informa/on of the modeled air contactor units for the DACC plant that 
was integrated with CO2 electrolysis. 

 Inlet Air Inlet Solvent Outlet Air Outlet Solvent 

𝑚̇4)4 [t/hr] 502,784.4 15,780.5 15,001.7 503,563.1 

CO2 0.000600  0.000139 0.000001 

H2O 0.009800 0.884986 0.011792 0.854660 

K+  0.071633  0.075352 

CO3
2–  0.028199   

O2 0.230000 0.000001 0.229644 0.000004 

N2 0.759600 0.000001 0.758425 0.000007 

HCO3
–  0.000004  0.051571 

H3O+     

OH–  0.015176  0.018404 

KOH     

K2CO3     

KHCO3     

Ca2+     

Ca(OH)2     

CaCO3     

CaO     

CH4     

C2H6     

CaOH+     
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Table S.18. Mass flow rate and frac/on informa/on of the modeled pellet reactors for the DACC plant that 
was integrated with CO2 electrolysis. 

 Cap. Sol. 
CaCO3 

(cal.) 

CaCO3 

(rec.) 

CaCO3 

(mkup) 
Ca(OH)2 Liq. Rec. 

CaCO3 

out 
Liq. Out 

𝑚̇4)4 

[t/hr] 
97,557.2 12.0 9.5 7.1 1,606.6 446,086.4 556.1 544,722.5 

CO2         

H2O 0.8849    0.7220 0.8800  0.8874 

K+ 0.0716    0.0038 0.0709  0.0709 

CO3
2– 0.0287       0.0248 

O2         

N2         

HCO3
–     0.0013 0.0253   

H3O+     0.0000 0.0000   

OH– 0.0149    0.1260 0.0238  0.0168 

KOH         

K2CO3         

KHCO3         

Ca2+     0.1469    

Ca(OH)2         

CaCO3  1.0000 1.0000 1.0000   1.0000 0.0001 

CaO         

CH4         

C2H6         

CaOH+         
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Table S.19. Mass flow rate and frac/on informa/on of the modeled calciners for the DACC plant that was 
integrated with CO2 electrolysis. 

 CaCO3 in CaCO3 fines CH4 O2/N2 Solids out Gases out 

𝑚̇4)4 [t/hr] 556.1 45.2 25.5 111.3 342.2 396.0 

CO2      0.8314 

H2O      0.1449 

K+       

CO3
2–       

O2    0.9560  0.0114 

N2    0.0440  0.0124 

HCO3
–       

H3O+       

OH–       

KOH       

K2CO3       

KHCO3       

Ca2+       

Ca(OH)2       

CaCO3 1.0000 1.0000   0.0351  

CaO     0.9649  

CH4   1.0000    

C2H6       

CaOH+       
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Table S.20. Mass flow rate and frac/on informa/on of the modeled slakers for the DACC plant that was 
integrated with CO2 electrolysis. 

 CaO in H2O H2O wash Recycled Ca(OH)2 

𝑚̇4)4 [t/hr] 330.2 140.6 1,135.8 1,606.6 

CO2     

H2O  1.0000 0.9909 0.7220 

K+   0.0054 0.0038 

CO3
2–     

O2     

N2     

HCO3
–   0.0018 0.0013 

H3O+    0.0000 

OH–   0.0019 0.1260 

KOH     

K2CO3     

KHCO3     

Ca2+    0.1469 

Ca(OH)2     

CaCO3     

CaO 1.0000    

CH4     

C2H6     

CaOH+     
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S.4. Technical metrics calcula@ons 

S.4.1. Carbon efficiency 

Carbon efficiency is defined as the moles of carbon in the desired product over the moles of 

carbon in the reactants. In the present work, we used Eq. S.29 to calculate this metric. 

(S.29) 𝐶𝐸 = 5!,!"
5!,!"%/!$8

 

 

S.4.2. Energy consumpHon 

The energy consump<on of DACC was calculated using Aspen Energy Analyzer arer 

implemen<ng heat integra<on. As found in the text, these values were found to be 577.7 and 

550.3 MWth. For CO2 electrolysis, we used Eq. S.30, where Vcell, ne-, F, FECO, and MWCO are the cell 

voltage, number of required electrons, Faraday’s constant, Faradaic efficiency of CO, and 

molecular weight of CO, respec<vely.  

(S.30) 𝐸EF%XO V
CD6
4$EF

W = _*())	•	5(# 	•	H
HX!"	•	CD!"

• "I11•R1
9

R19
 

 

For water electrolysis, we use 4.3 kWh/Nm3-H2 as the electricity consump<on. To get the 

electricity consump<on in MWh/t-CO, we use Eq. S.31, where EP̊EMWE, MWH2, and zH2/syngas are the 

electricity consump<on of PEMWE in kWh/Nm3-H2, molecular weight of H2, and mass ra<o of H2 

to syngas, respec<vely. 

(S.31) 𝐸=XCDX V
CD6
4$EF

W = 𝐸=XCDX
) 	V'."R%•!a".Rb

R1R"!b
W • (1000) • 𝑧G%/<:5d2< 

 

For RWGS and SMR, we reference Rezaei and Dzuryk’s study results.9  

S.5. Supplementary figures 

S.5.1.  Comparison of our and Keith et al.’s modeling results 

Fig. S.1. shows the mass flow differences of our and Keith et al.’s modeling results for the 

major components in the air contactor and calciner. Note the minimal difference of mass flow 

rate of all components except for O2, which is explained by the fact that we used lower amounts 



 28 

of methane in the calciner to achieve a net zero heat duty. The figure highlights the consistency 

between our and Keith et al.’s1 results. 

 

S.5.2. AddiHonal future scenarios 

Fig. S.2. shows the same data in Fig. 7 of the main text with the addi<on of a case in which 

the CO2 tax and tax credit are $0/t-CO2. We discuss the results further in the main text, but in 

short, the electricity price targets that would allow DACC-PEMWE-CO2ER to begin compe<ng 

economically with conven<onal syngas produc<on methods are ≤$18/MWh, ≤$19/MWh, 

≤$21/MWh, ≤$23/MWh for the 2.50, 2.25, 2.00, and 1.75 V cases, respec<vely.  

Figure S.1. Mass flow rate difference between our and Keith et al.’s modeling results. Blue bars (le;): Air contactor; Green bars 
(right): Calciner. 
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Fig. S.3. shows the same data in Fig. 7 of the main text with the addi<on of a case in which 

the CO2 tax and tax credit are $130/t-CO2. This value is what is given in sec<on 45Q of the U.S. 

internal revenue code for CO2 captured by DACC and used to make fuels or chemicals. Similar to 

Fig. S.2., we provide further discussion of the results in the main text. The main takeaway, 

however, is that the electricity price targets that would allow DACC-PEMWE-CO2ER to begin 

compe<ng economically with conven<onal syngas produc<on methods are ≤$26/MWh, 

≤$28/MWh, ≤$30/MWh, and ≤$32/MWh for the 2.50, 2.25, 2.00, and 1.75 V cases, respec<vely.  

 

Figure S.2. Future scenarios of DACC-PEMWE-RWGS (shaded orange) and DACC-PEMWE-CO2ER (blue solid and dashed lines) 
routes, showing the maximum syngas price via convenQonal methods (doRed black line) and the H2 producQon cost (grey dots). 
Note the different shades in the blue solid lines represent different CO2 tax and tax credits. The blue dashed line is showing the 
addiQonal case of $0/t-CO2 tax and tax credit. 
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Figure S.3. Future scenarios of DACC-PEMWE-RWGS (shaded orange) and DACC-PEMWE-CO2ER (blue solid lines and dashed green 
line) routes, showing the maximum syngas price via convenQonal methods (doRed black line) and the H2 producQon cost (grey 
dots). Note the different shades in the blue solid lines represent different CO2 tax and tax credits. The green dashed line is showing 
the addiQonal case of $130/t-CO2 tax and tax credit. 
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S.5.3. Aspen Plus process flow diagram of the DACC plant 

  
Figure S.4. Process flow diagram of the DACC plant that was built in Aspen Plus. The orange, blue, pink, green, and yellow shaded 
regions represent the air contactor, pellet reactor, calciner, slaker, and power island secQons, respecQvely. Note that we are 
assuming the generated CO2 from the methane combusQon is captured using an absorber, but we are not modeling that absorber 
here.  
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